The paper presents studies on a nonaqueous pyrochemical process for the separation of tetrachlorides vapour of zirconium and hafnium during its contact with a mixture of molten KC1-A1C1 3 salt which acts as a solvent for preferential absorption of zirconium tetrachloride. The results of the experiments carried out on a 100 mm sieve plate extractive distillation column and the experience on the operating the system are presented. Experimental findings revealed the feasibility of separation of hafnium tetrachloride up to fifty percent in a twelve stage sieve plate distillation column. Also presented in this paper are some of the critical design aspects for a successful operation of a demonstration plant.
INTRODUCTION
Nuclear power stations all over the world are generally light and heavy water cooled reactors. In these reactors, the zirconium base alloys are essential for using as fuel clads and structural materials. Pressure tubes in pressurised heavy water reactor should have requisite properties such as low absorption cross-section for thermal neutrons, resistance to corrosion in boiling / pressurised water, high temperature strength and high melting point. Table 1/1,2/ lists some of the properties of zirconium metals which are of interest to nuclear engineers and scientists. The specifications of zirconium metal and alloys for application in nuclear reactors are stringent. The current specifications for zirconium and zircalloys are given in Table Π /3 /. As can be seen from the Table Π, hafnium content in the zirconium must be less than 0.01 percent Hafnium is not a desirable metal in zirconium since it has high absorption cross-section (1.05 χ 10" 26 m 2 per atom) for thermal neutron as compared to that of zirconium (1.8 χ 10" 29 m 2 per atom). The two major commercial ores of zirconium metal are zircon and baddeleyite. Zircon is an orthosilicale ore corresponding to the formula ZrSi0 4 and baddeleyite is essentially an impure zirconium dioxide. Both these ores contain hafnium anywhere between 0.5 to 3.5 percents. In fact, on account of the configuration of valence electron 4d 2 , 5s 2 and 5d 2 , 6s 2 and identical ionic radii, physicochemical similarity of these two metals is so close that zirconium metal when extracted will have always some amount of hafnium. Materials containing hafnium would seriously reduce the neutron flux in the thermal nuclear reactors. Hence it is imperative to separate hafnium from zirconium for use in thermal nuclear reactors. A variety of routes have been proposed and employed for the separation of hafnium from zirconium. However, only a few processes have received importance and are accepted in the industries. These processes are (i) multiple crystallization of potassium zirconium fluoride, (ii) liquid-liquid extraction involving preferential extraction of zirconium using either TBP in nitric acid media or n-octylamine in sulphuric acid media or chloride media as thiocyanate complex using ΜΠ3Κ as the solvent to extract hafnium in the organic phase, and (iii) distillation of chlorides. Fig. 1 shows the different flow sheets which are widely accepted and operated or in operation in the different parts of the world for the separation of hafnium from zirconium Among these multiple crystallization involves sintering of zircon sand with KjSiFg and KCl. The sintered product K^ZrCH^Fg is leached with water. The leached K^ZrFg is then crystallised from a hot leach solution by cooling it to room temperature. As the potassium hafnium fluoride is Vol. 18, No. 4, 1999 Table 2 Current ASTM specification for nuclear grade zirconium metal Hf 100 w 50 (U total) 3.5 about 1.5 times more soluble than potassium zirconium fluoride, the recrystallised salts that contain zirconium will have less hafnium than the input salt in each stage. About 9-10 recrystallization steps are found to be adequate to achieve nuclear pure zirconium intermediate. The mother liquors become progressively enriched with hafnium. It is a simpler and easier method, but it is a batch process. In the case of MEBK thiocyanate process, hafnium gets extracted in the organic phase. The solvent ΜΠ3Κ has very high separation factor (~ 80). However, as zirconium is extracted in to the raffinate along with the other impurities, further purification process is essential to get nuclear pure zirconium intermediate. The low flash point, high toxicity and corrosive nature of the MIBK, impose conditions on the use of special equipments. In the TBP-HN0 3 system, zirconium is extracted by organic stream and hence gives relatively a pure product containing less than 100 ppm of hafnium. The major disadvantages of this process are (i) high consumption of chemicals, (ii) generation of large amounts of toxic pollutant, and (iii) poor recovery of nitric acid from the lean solution
Pyrochemical Separation of Zirconium and Hafnium Tetrachlorides Using Fused Salt Extractive Distillation Process
In recent years, one more solvent extraction process based on the preferential extraction of zirconyl sulphate by aliphatic tertiary amine (alamine -336) has come into prominence. Like the TBP-HN0 3 process, zirconium goes into organic phase and hence a high purity product is obtained. Lower cost of operation and reagents are the other major advantages. However, poor loading factor
and larger size of the plant are some main disadvantages. All the processes discussed hitherto are the combination of hydro and pyrometallurgical steps and they work generally with poor conversion efficiency. Furthermore, they generate a large amount of toxic pollutant. In view of this, the current interest is to develop an all-nonaqueous process. In this context, a new route named as a pyrochemical process has emerged and it seems to be attractive to separate hafnium tetrachloride from its mixture with the tetrachloride of zirconium The end products after separation are zirconium tetra chloride / hafnium tetrachloride which can be directly reduced by the Kroll reduction. A few nonaqueous processes have been studied by various research groups. In the Newnham process IM a mixture of tetrachlorides of zirconium and hafnium is subjected to heating with some reducing agents at selected temperatures. Zirconium tetrachlorides is preferentially reduced to ZrCl 3 while hafnium tetrachloride remains unaffected. Separation is finally achieved through the sublimation of more volatile hafnium tetrachloride leaving behind a nonvolatile ZrCl 3 . Zirconium trichloride so obtained is converted to ZrCl 4 by disproportionation. Chandler 151 employed a chloride-oxide exchange process in the separation of hafnium from zirconium. By this method a reaction between HfCl 4 in the feed and Zr0 2 in the bed yields a nonvolatile Hf0 2 and ZrCl 4 vapours as per the following reaction. Separation of hafnium by selective reaction of HfCl 4 with alkali metal chlorides was studied by Flengas and Dutrizac 161. Both the chlorides of zirconium and hafnium form hexachloro complexes with alkali metal chlorides. Zirconium chlorocomplexes are less stable than the corresponding hafnium chloro complexes. Hence ZrCl 4 gets more easily removed than HfCl 4 from its chloro complexes. Some interesting nonaqueous methods are: fractional distillation process 111 at atmospheric pressure, formation of additional compounds with their tetrachlorides followed by refluxing of these compounds /8/, fractional distillation of tetrachlorides at high pressures 191 and molten salt distillation at atmospheric pressure /10, 11/. Of these processes, the distillation of the chlorides using KCI-AICI3 as a solvent /ll/ has been developed to a production stage and is currently practised on a tonnage scale by M/s. Cezus in France.
This nonaqueous process eliminates hydrometallurgical operations and involves just three vital steps to obtain hafnium free tetrachlorides of zirconium starting from zircon The consumption of chemicals and the merits and demerits of various processes including the nonaqueous one are presented in Table ΠΙ and IV respectively. These data clearly show that consumption of chemicals and energy is much lower in the case of molten salt based pyrochemical route as compared to any of the processes.
Research work has been carried out at the Materials Processing Division, BARC to study the non aqueous process that involves fused salt extractive distillation The main objective was to investigate and establish the engineering parameters and to develop a flow sheet for the production of hafnium free (<100 ppm) zirconium tetrachloride starting from zircon sand. The unit operations involved are (i) direct chlorination of zircon sand, (ii) purification of raw chlorides by fused salt scrubbing and (iii) extractive distillation of the chloride mixture to separate HfCl 4 from its associate ZrCl 4 . Among these steps, the most important step is the extractive distillation and it is discussed in detail in the followings.
THEORETICAL CONSIDERATIONS
Extractive distillation in principle is a technique by which the relative volatility of a component is altered by adding a fluid component known as solvent. This alteration in volatility of the components is desired in view of the close values of the vapour pressures of the feed components (e.g. ZrCl 4 and HfCl 4 ).
The separation of the vapours of ZrCl 4 and HfCl 4 is governed by a number of their physicochemical properties. The essential parameters to be considered for the separation process are (i) the selection of a suitable solvent melt, (ii) the operating temperature and (iii) a reliable material of construction. In addition to these parameters there are some practical limitations associated with the handling of hygroscopic chloride salts and the circulation of the molten salt. 
SELECTION OF SOLVENT
The selectivity for the solvent should be high; it should be cheaper and less volatile. Several molten salt systems have been examined for use as solvent Some of the recommended molten salt baths for extractive distillation are given in Table V /12/. It has been observed from this table that potassium salts are preferred to the sodium salts in view of their ability to dissolve more of Zr / Hf chlorides. The molten salt mixture of KCl-FeCl 3 and NaCl -FeCl 3 systems appears to be the best choice. But these salts are highly corrosive, and have a lot of problems with regard to the stripping of dissolved content of zirconium tetra chloride. The stripping characteristics from iron chloride melts are poor as compared to aluminium chloride melts. Some of the parameters on the stripping of dissolved chlorides of Zr and Hf from different salt baths are presented in Table VI . Results clearly indicate that KCI-AICI3 is the most suitable melt for stripping of ZrCl 4 almost completely at a relatively low temperature.
OPERATING TEMPERATURE
The close proximity of sublimation temperatures of these metal chlorides of zirconium and hafnium preclude the separation of chlorides by simple distillation route. Hence extractive distillation has been a favoured choice for the separation of these chlorides using KC1:A1C1 3 melt The lower limit of the temperature for extractive distillation is fixed by the melting temperature (234°C) of the KC1:A1C1 3 mixture as shown in the phase diagram /13/ (Fig. 2) and the upper limit is set by the stripping temperature (550°C) of the ZrCl 4 from the melt Considering all these factors and from the point of view on the better fluidity, and high loading factor, a temperature range of 325 to 350°C has been selected for operating the distillation column.
SELECTION OF MATERIAL OF CONSTRUCTION
The material of construction for the processes involving high temperature and corrosive chemicals is Alloys International Inc., Huntington, WV.) for distillation column and other components of the system,
EXPERIMENTAL SET UP
The studies on extractive distillation have been investigated using a 12 stage sieve plate column. Each stage was of 100 mm dia and 150 mm length fitted with a sieve plate and a down comer tube. A schematic of the experimental set up is shown in Fig.3 . The complete assembly consisted of a distillation column, a screw feeder, a sublimer, a reboiler, a stripper, a feeder tank and two condensers to collect hafnium and zirconium tetrachlorides. A gas lift pumping system has been incorporated in this system to recirculate the molten salt The screw feeder was used to feed the solid Zr(Hf)Cl 4 into the sublimer which evaporated the chlorides and fed the vapour at the sublimation temperature into the distillation column. Nitrogen gas lift pump was used to pump the molten salt from the reboiler. The reboiler was maintained at 450°C. The stripper was used to remove or strip out the dissolved content of ZrCL in the molten salt very important. Nickel and nickel base alloys, such as Inconel 600, have been found suitable as the material of construction for handling chlorine and chloride baths. In the present work, inconel 600 has been selected as the construction material (.Inconel is a trade mark oflNCO
FEED MATERIAL
The feed sample materials, Zr (Hf)Cl 4 were prepared by the direct chlorination of zircon sand in an electrothermal fluidized bed chlorinator. Hafnium The solvent employed for the extractive distillation in these studies was prepared by mixing potassium chloride (BDH make) and aluminium chloride (E'merk make) in the mole ratio of 1 : 1.04.
AUXILIARY SYSTEMS
Flexible cord heaters were provided for maintaining uniform temperature in the distillation column, reboiler, sublimer and the stripper. A 30 channel programmable temperature indicator, controller cum recorder was used to monitor and record the temperature at various points. Flow/ pressure measuring devices for the measurement of flow and pressure in each stage of the column were used. A photograph of the entire experimental set up is shown in Fig. 4 . Finding a suitable pump for circulating the molten salt, which is highly corrosive and at high 
EXPERIMENTAL
Potassium chloride and anhydrous aluminium chloride in the mol ratio of 1:1.04 was dried and 30kgs of this mixture was charged into the feeder kept preheated at 100°C. The mixture was subsequently melted at 234°C under a positive pressure of argon. Once the charge was molten, the temperature of the melt was maintained at 350° C and then transferred to the reboiler. The molten salt was lifted to the top of the column from the reboiler using a nitrogen gas lift pump. Nitrogen gas flow rate was kept at 2.5 1 pm. A pressure drop of 15kPa was obtained in the gas lift pump. Once the circulation of the molten salt in the column was stabilised, a zirconium/hafnium tetrachloride mixture was fed at 5 kg per hour by a screw feeder into a sublimer which was connected to the fourth stage of the column above the level of reboiler position. The sublimer temperature was controlled at 500°C. Vapours of the chlorides entered into the column and contacted with the molten salt mixture which circulated counter current to the ascending vapours. The more soluble ZrCl 4 was progressively carried down by the molten salt stream whereas the rising vapour phase was enriched with HfCl 4 and reached to the top of the column. The ZrCl 4 rich molten melt entered the reboiler at 350°C and then into a stripper at 500°C. ZrCl 4 depleted from HfCl 4 was then stripped out at 500°C by sparging nitrogen gas and collected in a condenser. The top fraction enriched in HfCl 4 was collected in a condenser at the top of the column. Separated chlorides were analysed for the contents of both hafnium and zirconium
RESULTS AND DISCUSSION
As reported in the literature and ascertained from our experiments, molten salt of KCl and A1C1 3 mixed in the mol ratio of 1:1.04 is the best solvent for the system The molten salt of KC1:A1C1 3 is a clear and colourless liquid even with a substantial amount of ZrCl 4 dissolved in it This has been observed visually by tapping the molten salt mixture from the reboiler at 350°C. As per the prediction of Dutrizac and Flengas /14/, the stability of the chlorocomplexes varies with the ratio, (r m + r cl ) 2 / q m , where r m is the ionic radius of the metal, r c] is the covalent radius of chlorine and q m is the charge on the metal ion. The relatively smaller size and the trivalency of aluminium helps in removing zirconium tetrachloride more easily from the stripper. The data /15/ in Table V and VI indicate that the loading of ZrCl 4 /HfCl 4 in KCI-AICI3 bath is moderate (42%) at 345°C and near to atmospheric pressure (750 Torr). Stripping of ZrCl 4 is almost complete. ZrCl 4 in the solvent melt is brought down to 2.5 gm per 100 gram of Κ A1C1 4 at 500°C under a pressure of one atmospheric. Apart from loading factor and stripping characteristics, the circulation rate of molten salt is an important parameter which decides the effective separation of zirconium/hafiiiiun tetrachlorides. Continuous circulation of the molten salt is essential in this process. In view of the high temperature coupled with the corrosive nature of the chlorides, conventional pumps could not be used for lifting the molten salt from the reboiler to the top of the distillation column Hence a specially designed gas lift pump which works on the principle of density difference across the two limbs of a U-loop has been incorporated for our present experiments. Table VII gives some of the parameters for operating the gas lift pump for KC1:A1C1 3 melt circulation in the present experiments. In view of the practical limitations in terms of low efficiency, carry over of dissolved ZrCl 4 and requirement of high purity gas it may not be advisable to consider the use of the gas lift pumps for large scale pumping of molten salt. In a continuous operation, a gas lift pump may be replaced by simpler van type pumps. A submerged pump also did not work satisfactorily and its cost for this specific use is exorbitant.
High Temperature Materials and Processes
Comparable results have been obtained from the chlorides prepared either by direct chlorination of zircon or by blended pure chlorides. The stripped ZrCl 4 product has been found to contain 1.5% of HfCl 4 as compared to the starting chloride of 3.1% HfCl 4 . The top product contained 8% of HfCl 4 . The analysis of product as presented in Table VLH indicates that in a 12 stage column, hafnium content has been brought down from the initial value by 50% in a single run. The hafnium depleted ZrCl 4 obtained from one run has been recycled as feed for the next run and in this manner ZrCl 4 of hafnium content less than 100 ppm can be achieved in 8 cycles. The method though seems to be attractive for achieving the desired separation in about 8 passes: each time when enriched feed is charged into the distillation column, the feed port need to be relocated due to the fact that for each subsequent pass feed composition is altered or enriched with respect to ZrCl 4 content In view of the simplicity of the operation for achieving a product of consistent quality, the distillation column should have the required stages to achieve a desired separation Our experimental results with a 12 stage column showed that the top condenser had a mole fraction of HfCl 4 (X D )0.084 and the bottom condenser 0.015. Using the above data and the Fenske-Underwood /16/ equation, the relative volatility of HfCl 4 in the KCI-AICI3 melt system at 350°C is 1.161. The number of minimum stages required to bring the hafnium content down from 2.5% to 0.01% i.e. a separation ratio of 250 fold are 82 stages, if the relative volatility is 1.161. This can be calculated using the FenskeUnderwood equation for x D = 0.96 and x B = 0.00001
where x D and x B respectively are top and bottom concentration of HfCl 4 in the distillation column, whereas N^ is the minimum number of stages and is the volatility factor. Fig. 7 shows a plot on volatility Relative Volatility factor versus the minimum number of stages as determined by the equation. The plot indicates that as the volatility factor increases, the number of minimum stages required for separation decreases exponentially. The total number of actual stages required can also be determined by the McCabe-Thiele method /17/ based on the relative volatility factor. Taking a volatility factor of 1.16 the number of stages arrived at will be 101.
The McCabe-Thiele graphical method is not a comfortable one for determining for the separation of 250 folds from its initial content of Hf to 2.5%. Hence, in order to evaluate precisely the number of equilibrium stages and equilibrium Χ,Υ values and also to locate the feed plate, a computer program (Fortran) was developed and it is given in the appendix. From this program, the feed plate location for a 101 stages is determined at 55 stages from the top of the distillation column. A relative volatility of 1.7 has also been reported in the literature /19/ with number of minimum stages 42. Cezus process is reported to have a distillation column of 50 m height with about 60 stages. Not much information is available as how this was obtained. We have confined our experiments only to test the feasibility of separation and demonstrate it on engineering scale. We have accomplished this goal with meaningful results which otherwise have been not reported openly in literature. In the existing set up we could not carry out our experiments incorporating 101 stages due to constraints of height in the lab and the cost factors. However, our interest was to conduct a feasibility study hitherto unavailable in open literature.
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